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JOURNAL REVIEW

Hydrodynamics and Solid-Liquid Contacting
Effectiveness in Trickle-Bed Reactors

A. GIANETTO, G. BALDI, V. SPECCHIA, and S. SICARDI

The term trickle-bed reactor usually means a reactor in
which a liquid phase and a gas phase flow concurrently
downward through a bed of catalytic pellets.

Trickle-bed reactors or similar apparatuses are used
in the chemical, petrochemical, and petroleum industries,
as well as in the field of wastewater treatment (trickling
filters).

Considerable attention has therefore been recently
directed to their fundamental mechanisms, These are
rather complicated, owing to the three phases involved.

The subject as a whole has been reviewed in three
papers (Satterfield, 1975; Hofmann, 1977; Hofmann,
1978); in addition, Laurent et al. (1974) and Charpen-
tier (1976) have reviewed gas-liquid mass transfer in
packed beds.

Most recent works on trickle-bed reactors deal with
their hydrodynamics, modeling, and solid-liquid contact-
ing effectiveness. Although in these works comparisons
are made between the results obtained from different
sources, a more extensive, critical analysis of these three
topics seems worthwhile.

HYDRODYNAMICS

The hydrodynamics studies considered in this section
concern the flow regimes, liquid distribution on the pack-
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ing, pressure drop, and liquid holdup. The following pa-
rameters must be considered: gas and liquid flow rates,
physical properties of the liquid phase, foaming charac-
teristics of the system, and packed-bed geometry.

Hydrodynamic Regimes

Two-phase flow regimes. Many studies have been car-
ried out for two-phase concurrent downward flow with
nonfoaming systems (Larkins et al., 1961; Weekman and
Myers, 1964; Sato et al,, 1973; Charpentier and Favier,
1975; Midoux et al., 1976; Chou et al,, 1976; Specchia
and Baldi, 1977). For an air-water system at low liquid
flow rates (L < 3 to 5 kg/m?), a gas continuous chan-
neled or trickling flow occurs at low gas flow rates; then,

- by increasing the gas flow rate, a spray flow appears.

At L between 5 and 33 kg/m?, on increasing the gas
flow rate, gas continuous channeled flow, pulsing flow,
and spray flow occur in succession,

When L > 35 kg/m?, and the gas flow rate is low, a
dispersed bubble flow can be observed, followed by a
pulsing flow when the gas flow rate is increased.

The hydrodynamic regimes set up in a packed bed
when foam appears have been defined by Charpentier and
Favier (1975) and Midoux et al. (1976). Trickling flow,
foaming flow, foaming-pulsing flow, pulsing flow, and
spray flow can be observed.
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Flow regime maps. Almost all the data refer to the air-
water system; Charpentier and Favier (1975) and Midoux
et al. (1976) have also tested hydrocarbons to study liquid
systems similar to those employed industrially,

Various flow maps have been presented. Charpentier
and Favier (1975) plotted the dimensionless group L\y/G
as a function of G/, where X and y, originally proposed
by Baker (1954) for two-phase flow in empty horizontal
pipes, depend only on the physical properties of the gas
and the liquid. They did not take the packing character-
istics into account.

Gianetto et al. (1970) observed that at a constant gas
flow rate, the transition from trickling to pulsing flow oc-
curred at higher liquid flow rates as the bed void frac-
tion increased. The same phenomenon has been noted by
Chou et al. (1976). The data of Sato et al. (1973) show
a nonmonotonic effect of the bed void fraction. The low
columns/packing diameter ratio adopted for the beds with
a high void fraction, however, casts doubt on this finding.

By considering the bed void fraction ¢ in Figure 1, a
flow map is proposed where Lxy/G is plotted as a function
of G/\e for foaming and nonfoaming systems, using the
results obtained by several workers (Table 1) in the form
of smoothed curves.

For the transition from trickling to pulsing flow for
nonfoaming systems (full lines), all the data, except those
of Chou et al. (1976), which show a large scatter, are in
a good agreement; almost all the data refer to particles

similar to catalyst pellets in shape and size. The transition
data obtained by Charpentier et al. (1969) with large
Raschig rings, in fact, do not agree satisfactorily with
the full lines in Figure 1.

The results of Chou et al. (1976) and Specchia and
Baldi (1977) for the same transition in foaming systems
(dashed lines) are also shown in the same figure; the
transition line of Charpentier and Favier (1975) for
foaming systems coincides with the plotted curve for non-
foaming systems. As can be scen, there is little agreement
between the sources,

Packing wettability has a significant effect on the transi-
tion from trickling to pulsing flow. Only Chou et al.
(1976) have used silicone coated glass beads, and the
transition occurred at higher gas and liquid flow rates
than those necessary for uncoated beads.

On the basis of the gas-liquid interaction, Midoux et al.
(1976) and Specchia and Baldi (1977) have suggested
that only two main hydrodynamic regimes are involved:
a low interaction regime, including the trickling flow only,
and a high interaction regime, comprising all the other
flow regimes for both foaming and nonfoaming systems.

As a conclusion, the flow map shown in Figure 1 can
be assumed as reliable for determining the transition con-
ditions between low and high interaction regime for non-
foaming systems in a bed of catalyst pellets. As regards
foaming systems, the flow map is not reliable owing to the
few available data and their scatter. Furthermore, the
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TABLE 1. LITERATURE DATA FOR THE FLOoW MAP PLOoTTED IN FIGURE 1: Two-PHAsE CONCURRENT
DowNwarD FLow FOrR FoaAMING AND NONFOAMING SYSTEM

Line in
References Figure 1 Packing Porosity Gas-liquid system
Gianetto et al. (1970) a 6 mm glass spheres 0.41 Air-Sodium hydroxide aqueous solutions
6 mm glass rings 0.71 Air-Sodium hydroxide aqueous solutions
6 mm ceramic rings 0.50 Air-Sodium hydroxide aqueous solutions
6 mm Berl saddles 0.59 Air-Sodium hydroxide aqueous solutions
Sato et al. (1973) b 8 mm glass spheres 0.39 Air-water
Charpentier and Favier (1975) c 3 mm catalyst spheres 0.39 Air-water; air-cyclohexane
1.8 X 6 mm catalyst cylinders 0.39 Air-water
1.4 X 5 mm catalyst cylinders 0.37 Nitrogen-cyclohexane or gasoline or pe-
troleum ether; carbon dioxide-gasoline
or petroleum ether; helium-gasoline
Chou et al. (1976) d 2.9 mm glass beads 0.39 Air-methanol and ethanol aqueous solu-
tions; air-water with surfactants
Specchia and Baldi (1977) e 6 mm glass spheres 0.40 Air-water
5.4 X 5.4 mm glass cylinders 0.37 Air-water; air-glycerol aqueous solutions
2.7 X 2.7 mm glass cylinders 0.38 Air-water

physical parameters employed (density, viscosity, and
surface tension) are probably not sufficient to define when
a gas-liquid system is foaming; the foam formation is very
likely connected with the physicochemical conditions of
the interfacial surface. The coalescence tendency of the
gas bubbles might probably play an important role on the
foam stability. Studies on this argument would be worth-
while,

Distribution and Radial Spread of the Liquid

The radial liquid distribution for two-phase concurrent
flow in packed beds is related to the profile across the
column section of the liquid flow rate per unit empty
area; it may affect the uniform wetting of the catalyst and
hence the performance of trickle-bed reactors.

The liquid velocity profile has been generally obtained
by measuring the liquid flowing from several annular col-
lectors at the bottom of the column. Table 2 lists the liquid
distribution studies in the literature, together with the
column diameter, bottom collecting device, and packings
employed. Almost all these packings are those generally
used in absorption towers.

Generally the liquid velocity profile, after a certain bed
depth from the feed point, reaches a steady distribution
(which does not change by increasing the bed depth).
This calming bed depth depends on the packing shape
and size, column diameter, gas and liquid flow rates, liquid
physical properties, and the design of the liquid inlet
distributor; the calming depth is shorter for a uniform
inlet distribution than for a point source feed. Without
gas flow rate, or at very low gas flow rate, several authors
(Jameson, 1966; Dutkai and Ruckenstein, 1968; Brignole
et al,, 1973; Onda et al., 1973; Herskowitz and Smith,
1977a) determined experimentally for various types of
packing the bed depth necessary to reach the steady
liquid distribution.

For two-phase concurrent flow in the high interaction
regime, Reiss (1967) found a calming bed depth of
about 0.6 m for a 0.4 m diameter column packed with 2.5
- 10~2 m Raschig rings.

In this paper, only the liquid distribution in a fully
developed flow is considered; in these conditions, the
liquid velocity does not depend anymore on the axial
coordinate, The results from different sources are suffi-
ciently in agreement,

In order to analyze the liquid distribution in a packed
bed, it is necessary to divide the column section into two
zones; the packing zone, occupying almost all the column
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section, and the wall zone, which consists of a thin an-
nular section near the wall (usually the width of the wall
zone is considered to be about one half the packing
size). The flow on the packing and that at the wall, in
fact, have different behavior, since the void fraction of
the wall zone is higher than that of the packing (Schwartz
and Smith, 1953).

At very low gas and liquid flow rates, that is, in the
gas continuous regime, the liquid distribution on the pack-
ing is substantially uniform for particles with D, = 6 mm
and for 12 == D./D, = 48, irrespective of packing shape,
but not for larger particles (Specchia et al, 1974; Syl-
vester and Pitayagulsarn, 1975; Baldi and Specchia, 1976;
Herskowitz and Smith, 1977a, b). By contrast, Weekman
and Myers (1964) determined a nonuniform liquid dis-
tribution for 4.7 mm beads. Hochman and Effron
(1969) carried out liquid residence time distribution
measurements at various positions in a column sections
with 47 mm pellets for the nitrogen-methanol system
and found a uniform liquid velocity within 10% across
the whole column section. '

At large gas flow rates, the liquid velocity profile on
the packing depends on the gas superficial velocity. For
beads and saddles, a marked increase in the liquid veloc-
ity at the center of the column was noted on approaching
the pulsing flow regime, a further increase in the gas flow
rate again led to a liquid redistribution (Specchia et al.,
1974; Sylvester and Pitayagulsarn, 1975; Baldi and Spec-
chia, 1976). A less marked increase of the liquid velocity
at the center was obtained with 6 mm rings and no in-
crease at all with large rings (Reiss, 1967; Sylvester and
Pitayagulsarn, 1975; Baldi and Specchia, 1976).

In connection with the liquid distribution, a radial
spread factor Dg has been detined, which takes account
of the tendency of the liquid to move radially in the
catalytic bed.

The distribution of the local liquid flow rate per unit
empty area v in a developing flow can be expressed by
the following equation (Porter and Jones, 1963):

av 0 v
— =D ( ——) 1
0z Rrar rar (1)

To determine Dg experimentally, the liquid flow rate
is generally fed axially at the top of the bed, and the
radial distribution of v is measured at a certain height
of the bed.

On the other hand, Porter et al. (1968) proposed a
tracer method; the radial and axial concentration profile
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TaBLE 2. L1gum DistrisuTioN STUDIES FOR Two-PHASE CONCURRENT DOWNWARD FLOW IN PACKED BEDS

Column diameter and

References

Weekman and Myers (1964)

Reiss (1967)

Specchia et al. (1974)

Sylvester and Pitayagulsarn. (1975)

Baldi and Specchia (1976)

Herskowitz and Smith (1977 a, b)

114 mm; 4 and 6 annular zones

collecting device

80 mm; 3 annular zones
400 mm; 4 annular zones
141 mm; 5 annular zones
150 mm; 6 annular zones

141 mm; 5 annular zones

40.8 mm; 3 annular zones

Packing

4.7 mm glass beads

12-75 mm Raschig rings

6 mm glass beads

3 X 3 mm cylindrical pellets

6 mm Raschig rings

6 mm Intalox saddles

6 mm Berl saddles .

6 and 12.5 mm Raschig rings

2.58, 3.52, 7.15, 8.75 and 11.1 mm gran-
ular activated carbon

6.35 and 9.53 mm ceramic balls

3 mm glass beads

6.35 X 6.35, 4.76 X 4.76 and 3.18 X
3.18 mm alumina cylinders

All studies were carried out with the air-water system under isothermal conditions at room temperature.

of a tracer injected axially in a fully developed flow
was expressed as follows:

ac ;] dc
* _p, 2 (,22) :
z Rrar or (2)

They also showed that both methods give the same
values for Dg. This result probably means that the radial
liquid mixing in a packed bed is mainly due to a con-
vective transport, while the diffusion phenomena have a
little significance.

Measurements of Dg, carried out by Specchia et al,
(1974) and Baldi and Specchia (1976) with the tracer
method for various packings and all the hydrodynamic
regimes, showed that it depends on the same parameters
as those controlling the liquid distribution. For 12.5 mm
rings, a concurrent gas flow did not affect Dg values. For
6 mm beads, saddles, and rings, Dg values decreased as
the gas flow rate increased, particularly at high liquid
velocities. The decrease of Dg was greater percentwise
on passing from rings to saddles and then to beads.

This Dg decrease probably occurs because a concur-
rent gas flow breaks off the liquid bridges between the
packing particles, so that the radial component of the
liquid rivulets is reduced.

Herskowitz and Smith (19774, b) defined a model for
liquid distribution similar to that of Jameson (1966) by
considering another spreading factor s as the fraction of
the local axial liquid flow rate which moves in the radial
direction. s was determined in a developing flow for the
gas continuous flow regime only and was found to de-
pend on particle shape and size; it was greater on passing
from spherical to cylindrical and to granular particles
and decreased when the particle size increased; however,
for all particles of less than about 6 mm in equivalent
diameter D,*, a maximum s value of 1 was obtained. D,*
is the diameter of a sphere with the outer surface area of
the particle.

It is possible to compare Dy and s and then the experi-
mental results obtained with different methods. By trans-
forming Equation (1) into a finite-differences representa-
tion based on radial and axial increments equal to D,*,
a relationship similar to that developed by Herskowitz
and Smith emerges on assuming

s = 4 Da/D,* (3)

For s = 1, from Equation (3), one obtains
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Dr = D,%/4 (4)

For beads of 6 mm nominal size, the Dy value in the
gas continuous regime calculated from Equation (4)
is 1.25 mm; it is in close agreement with the experimental
Dg, value of 1.15 mm obtained by Specchia et al. (1974).

As regards the wall zone, Herskowitz and Smith (1977a,
b) measured in the gas continuous regime a wall factor
fo which accounts for the fraction of the excess flow
at the wall (that is, the difference between the actual
liquid flow rate at the wall and the flow rate expected
for uniform flow), which is directed back into the bed.
fw mainly depends on the number of contact points be-
tween the particles and the wall and hence on the ratio
between the column and the particle equivalent diameter
D./D,%; for the air-water system and for D./Dy* > 18,
irrespective of the packing shape, a maximum f, value
of 1 (that is, a wall liquid velocity equal to the superficial
velocity) was obtained. As expected, for D./D,* < 18, f,
was affected by the particle shape; it was greater on pass-
ing from cylindrical to spherical and to granular particles,

Moreover, Herskowitz and Smith (1977a) found for
cylindrical and spherical particles and for D./Dp* < 18
that f, increased tending to 1 by lowering the liquid
surface tension with surfactants. Probably a lower surface
tension improves the solid wettability at the contact
points between the packing particles and the wall and
makes easier the return of the liquid into the bed; in
this way, the segregated liquid flow rate at the wall is
reduced.

Specchia et al, (1974) and Baldi and Specchia (1976)
measured the influence of the gas flow rate on the liquid
wall flow. For all the packing tested, they found a liquid
velocity at the wall greater than the superficial velocity
in the low interaction regime; in the high interaction
regime, on increasing the gas flow rate, the liquid velocity
at the wall decreased tending to an asymptotic value,
attained at very high gas flow rates. In these asymptotic
conditions, the liquid wall velocity was practically equal
to the liquid superficial velocity for packing particles with
Dp* < D./18 (6 mm beads and Berl saddles), whereas
the liquid wall velocity was higher than the liquid super-
ficial velocity for particles with larger Dy* (6 and 12.5
mm Raschig rings).

As a conclusion of this review on the liquid distribution
in trickle-bed reactors, it can be observed that there is
a lack of experimental results in hydrodynamic regimes

AIChE Journal (Vol. 24, No. 6)



TABLE 3. PrESSURE DROP CORRELATIONS FOR Two-PrASE CONCURRENT DowNwaRD FLow IN PAcKED BEDS

References

Larkins et al. (1961)

Turpin and Huntington (1967)

Sato et al. (1973)

Midoux et al. (1976)

Specchia and Baldi (1977)

AIChE Journal (Vol. 24, No. 6)

Correlations and range of conditions

bre 04186
Iog( ) = (5)
dr + 8¢ (log x )2 4 0.666
0.05 < x = (81./8¢)%3 < 30 (6)

9 mm Raschig rings, 9 mm stoneware spheres and 3 mm glass
spheres; nonfoaming systems for all hydrodynamic regimes

Infre = 7.96 — 1.34 InZ + 0.0021 (InZ)2 4 0.0078 (InZ)3 (7)

fre = dLeDe/2 va2 pe (8)
2 0

Dg = —Dypoee 9

¢ 3 » l1—¢ (9)

0.2 < Z = (Reg)!167/( Rer, )9-767 < 500 (10)

7.5 to 8.1 mm tabular alumina; air-water for all hydrodynamic
regimes

) 0.
tog (22— ) = 7 (1
oL + 8¢ [log(x/1.2)12 + 1 o1 2
b \05 d<x<
(T) = 1.30 4 1.85(x) 085 (12)
L

2.6 to 24.3 mm glass spheres; air-water for all hydrodynamic
regimes

dre )0'5 1 1.14
_— =14 —4 — 13)
( g, + x+ (x)o-54 (
01<x< 80

3 mm glass and catalyst spheres, 1.8 X 6 and 1.4 X 5 mm
catalyst cylinders; nonfoaming systems for all hydrodynamic
regimes, and foaming systems for the low interaction regimes

éLe )0‘5 1 6.55
—_— =14 — 4 —— 14
( & + x +(x')°'4" (14)
005 < x' = (&L/ta)05 < 100 (15)

1 [ L G ](AH L4 G
=—] —4 - —_— 16
fe elo " pe Az /LG + €pe (16)
£_L[I(AH 1] an
P Lo\ az L+:

G [ 1 (AH) 1 ]
_Glil(aH = 18
tc lo\= ¢t - (18)

3 mm glass and catalyst spheres and 1.4 X 5 mm catalyst cyl-
inders; foaming systems for the high interaction regime

[1 hand 5(1 — Br — Isf)]2

dre =k 15— 1GvG
1—9(1—57—5)‘)
k 2 (19
+ k2 31— ) reve®  (19)

6 mm glass spheres, 5.4 X 5.4 and 2.7 X 2.7 mm glass cyl-
inders, 6.4, 10.3, and 22 mm Raschig rings; foaming and non-
foaming systems for the low interaction regime

Infre = 7.82 — 1.30 In(Z/y11) —0.0573 [In(Z/y11)]2 (20)
0.6 < Z/y11 < 500

y= Twater [ AL ( pwater )2 ]"3 (21)

oL HMwater AL

6 and 3 mm glass spheres, 5.4 X 5.4 and 2.7 X 2.7 mm glass
cylinders, 3.2 X 3.2 mm catalyst cylinders, 6.4, 10.3, and 22
mm Raschig rings; foaming and nonfoaming systems for the
high interaction regime
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other than the gas continuous flow when particles with
the same shape and size as the catalyst are used. The
effects of the physical properties of the fluids must also
be investigated, mainly viscosity and surface tension of
the liquid and density of the gas phase. Moreover, more
attention must be devoted to the foaming systems.

Pressure Drop

Pressure drop is an important parameter in the design
of two-phase concurrent reactors because it affects the
energy supply; it has been used to correlate the gas-
liquid and solid-liquid mass transfer (Reiss, 1967; Gianetto
et al,, 1970; Sato et al,, 1972; Gianetto et al., 1973; Lemay
et al,, 1975).

An extensive literature exists on the two-phase fric-
tional pressure drop §;, and many correlations have
been proposed; the most significant, together with their
range of validity, are listed in Table 3.

Unfortunately, most results have been obtained with
laboratory or pilot columns, so that these correlations
need to be checked with data from industrial apparatuses.

Following the Lockhart and Martinelli approach (1949)
for concurrent two-phase flow in empty tubes, 3. cor-
relations were first suggested by Larkins et al. (1961)
and then by Sato et al. (1973). In these correlations, 81¢
is considered as a function of the pressure drop of each
phase flowing alone through the whole section (8; and
3c) and of the parameter x defined by Equation (6) in
Table 3.

Next, Midoux et al. (1976) used a modified parameter
x, defined by Equation (15); this was suggested by
Charpentier et al. (1969) on the basis of an energy
balance.

To employ the x or x’ correlations, it is necessary to
know the single phase pressure drops. Accuracy can only
be assured with experimental measurements, so their
employment is rather cumbersome.

This difficulty was overcome by Turpin and Huntington
(1967), who proposed the empirical correlation shown by
Equation (7); a two-phase friction factor fi¢ is expressed
as a function of the parameter Z, defined by Equation
(10) on the basis of the gas and liquid Reynolds numbers.

These correlations do not generally agree satisfactorily
with each other. Moreover, generally, they do not take
into account the different hydrodynamic regimes and hence
the different gas-liquid interaction, nor do they consider
foaming systems on the other hand.

Midoux et al. (1976) have studied several gas-hydro-
carbon foaming and nonfoaming systems. For all regimes
in nonfoaming systems and for the low interaction re-
gime in foaming systems they have proposed the x based
correlation shown in Equation (13), which was suffi-
ciently in agreement with that of Larkins et al. and Sato
et al. and with the experimental data of Weekman and
Myers (1964). For the high interaction regime in toam-
ing systems, Midoux et al. correlated the parameter i,
proportional to the two-phase frictional power loss per
unit packed column and demned by Equation (16), as
a function of y/; this correlation is shown by Equation
(14).

For the low interaction regime in both foaming and
nonfoaming systems, an approach similar to that of Hutton
and Leung (1974) has been proposed by Specchia and
Baldi (1977); 8.6 is calculated as due to the gas flow-
ing in a bed restricted by the presence of the liquid, and
the influence of the concurrent gas flow on the liquid
holdup has been taken into account. The correlation is
shown by Equation (19). The coefficients k; and k, de-
pend on packing shape and size and must be evaluated
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from the pressure drop 8,, of the gas flowing alone through
a wetted packing, that is, when only the residual holdup
is present in the bed. k, and k; calculated in this way differ
significantly from those for a dry packing, as determined
by Hutton and Leung. The model of Specchia and Baldi
fits the experimental results better than the correlation
suggested by Hutton and Leung.

For the high interaction regime in both foaming and
nonfoaming systems, Specchia and Baldi (1977) pro-
posed the empirical correlation shown by Equation (20),
based on fre and Z. The experimental data for foaming
systems wcre correlated by introducing the parameter y,
defined by Equation (21). Equation (20) takes into ac-
count quite a wide range of operative conditions, fluid
physical properties, and packing shape and size; it can
be used in practice, since only easily available parameters
are needed.

Liquid Holdup

General. Liquid holdup is the liquid volume contained
in a unit column volume; liquid saturation is the liquid
volume contained in a unit void volume of column,

Almost all the holdup data refer to laboratory columns;
the only data on commercial reactors seem to be those
of Ross (1965) obtained in a 2 m ID desulfurization re-
actor, where the holdup was about two-thirds that of a
pilot reactor.

If the bed particles are porous, as in trickle-bed reac-
tors, the total saturation B8 is the sum of the internal
(the liquid held in the pore volume of the catalyst) and
external contributions,

The external liquid saturation is divided into residual
saturation B, and free draining (or operative) saturation
Bs. The former is the fraction of the liquid that remains in
the bed after it has been completely wetted and drained;
the latter is defined as the fraction of liquid that collects
from the bottom of the column when draining, after a
sudden shutoff of the liquid feed. Bs is affected by the
liquid and gas flow rate, the fluid physical properties, and
the packing characteristics.

Bt can be determined for porous and nonporous parti-
cles by a weighing method or by a dynamic tracer tech-
nique (Charpentier et al., 1971; Sato et al., 1973; Midoux
et al,, 1976; Colombo et al., 1976). The latter, however,
gives poor results, especially for porous particles, if the
tracer concentration in the tail of the response curve is
not determined with accuracy.

Residual liquid saturation B,. The residual saturation
Br depends on the liquid physical properties and particle
shape, size, and wettability.

Charpentier et al. (1968) gave a graphical plot of €8,
as a function of the Edtvos number (E6 = prgD,*/oy)
from their own data and those of other authors; the in-
terpolating line was subsequently confirmed by Char-
pentier and Favier (1975) on several hydrocarbons, using
catalyst cylinders.

For E6 < 4, B is generally about 0.05; at higher Ed
values, it decreases.

Verhoeven and Van Rompay (1974) also plotted 8,
data as a function of the Eotvos number for a reactor
for the catalytic hydrodesulfurization of petroleum frac-
tions; their values were much higher than those of Char-
pentier et al. (1968), probably because the internal satu-
ration of the catalyst pores was included.

Mersmann (1972) correlated 8, as a function of the
Bond number (Bn = prg/a,? or) for 0.57 and 1.13 mm
glass beads. He found very high g, values because of the
large amount of the liquid held by capillary forces in his
system.

Liquid saturation for free trickling liquid. Here the gas

AIChE Journal (Vol. 24, No. 6)



TABLE 4. L1Quip SATURATION CORRELATIONS FOR FREE TRICKLING LIQUID

References

Otake and Okada (1953)

Mohunta and Laddha (1965)

Satterfield and Way (1972)

Wijffels et al. (1974)

Charpentier and Favier (1975)

Specchia and Baldi (1977)

Correlations and range of conditions

8y = 1.295 (Rer,)0876 (Gay, ) =044 (a,Dp) (22)
10 < Reg, < 2000

6.4 to 22 mm spheres, 12.7 and 25.4 mm Raschig rings and
Berl saddles

3

N \1/4
#Lsz) (N Dye) =172 (23)

PLE

6.3, 9.5, and 12.7 mm Raschig rings, 6.3 and 8.5 mm Lessing
rings, 12.7 mm spheres; water and aqueous solutions of car-
boxy-methyl-cellulose

eBre = A(vL)1/3 (ur)V4 4 B (24)

1.6 X 8 mm, 3.2 X 3.2 mm catalyst cylinders and 3 mm glass
spheres; highly paraffinic hydrocarbon solvent and high vis-
cosity paraflinic mineral oil

B = 16.13(

200 v2 1 —e
ﬁ4te=(m+1.75 é—D—p-——!s—- (25)
1,3, 5, and 9.5 mm glass beads; water and cumene
Br=A"(L)d (26)

3 mm glass and catalyst spheres, 1.8 X 6 and 1.4 X 5 mm
catalyst cylinders; hydrocarbons

(27)

a,Dp )o.es

By = 3.86( Rey, )0-545 (Gayr, ) 042 (

0.3 < Rer, < 300

8.4, 10.3, 22, and 51 mm Raschig rings, 25 and 38 mm Berl and
Intalox saddles, 4.13 and 4.8 mm glass beads, 6 mm glass
spheres, 5.4 X 5.4 and 2.7 X 2.7 mm glass cylinders, 0.54 and
2.9 mm crushed particles, 1 mm carbon beads and 3.8 x 4.8
carbon cylinders; water, sugar aqueous solution, isopropanol

solution, glycerol aqueous solutions and methanol

flow rate, if present, has a negligible effect on liquid flow
behavior.

The most important correlations available are listed
in Table 4. Some of these consider the total external
saturation By, the others the free draining saturation 8.
Since B is affected by all the operative conditions, whereas
B, which, under certain conditions, may be of the same
order of magnitude, depends mainly on the liquid phase
physical properties, it would seem advisable to consider
Bs and B, separately. For this reason, the correlations for
Bte have poor theoretical support, since they consider the
sum of two quantities that depend on different parameters.

The By correlations (except that of Charpentier and
Favier, 1975) are, in fact, expressed as a function of
Reynolds and Galileo numbers and of the packing geom-
etry. Bi correlations, on the other hand, never employ
the same dimensionless numbers.

The correlations of Satterfield and Way (1972), Wijffels
et al. (1974), Charpentier and Favier (1975), and Spec-
chia and Baldi (1977) consider the free liquid trickling
on packings whose shape and size correspond to those of
catalyst pellets.

Liquid saturation for two-phase flow. The most im-
portant correlations for 8y and B are listed in Table 5,
together with the range of the operative conditions exam-
ined.

Larkins et al. (1961) and Sato et al. (1973) correlated
B¢ and By, respectively, [Equations (28) and (30)] on
the basis of the parameter defined earlier.

Charpentier and Favier (1975) examined several foam-
ing and nonfoaming systems. They correlated B as a
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function of ' [Equations (33) and (34) for cylindrical
and spherical packings, respectively]. Their data agree
sufficiently well with those of Sato et al. (1973).

None of these correlations consider hydrodynamic re-
gimes. This would seem advisable, however, as in the
case of pressure drop.

For the high interaction regime, Clements (1976) pro-
posed two correlations as a function of the group
WecRec/Rey (where Weg is the gas phase Weber num-
ber): one, Equation (35), for nonfoaming systems and
one, Equation (36), for foaming systems. They were,
however, verified with his own data only, When tested
with those in the literature (Larkins et al, 1961; Char-
pentier et al., 1968; Charpentier and Favier, 1975; Spec-
chia and Baldi, 1977), we found that the group did not
take sufficient account of the effect of the packing geom-
etry, especially for foaming systems.

Midoux et al. (1976) proposed one correlation, Equa-
tion (38), for all the hydrodynamic regimes for non-
foaming systems and for the low interaction regime for
foaming systems, and another, Equation (39), for the
high interaction regime for foaming systems. The S
values calculated with Equation (38) were always lower
than those of Sato et al. (1973).

Specchia and Baldi (1977) have proposed correlations
of By that take into account the gas-liquid interaction and
the foaming properties of the systems.

At the low interaction regime for both foaming and
nonfoaming systems, the correlation for the free trickling
liquid at vg = O [Equation (27) in Table 4] was en-
larged to v # 0 by considering the effect of the pressure
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gradient along the packed bed [Equation (40)]. A
modified Galileo number, defined by Equation (41), was
introduced.

For the high interaction regime, they proposed Equa-
tions (42) and (43) for nonfoaming and foaming sys-
tems, respectively, In both, 8; was considered as a func-
tion of Z/y'1, as used for 81¢ correlations, and of a di-
mensionless group that takes the packing properties into
account, In the previous correlations, packing properties
were not directly considered; Sato et al. (1973) only in-
troduced the particle area per unit column volume.

The correlations of Specchia and Baldi are derived
from a large array of literature and personal data.

Comments on Pressure Drop and Liquid Holdup Correlations

Pressure drop and liquid holdup are significant design
parameters; pressure drop is, obviously, connected with
the dissipated power in the reactor that cannot be neg-
lected when a selection has to be made between various
multiphase reactors for a given process and is an important
factor in optimizing a trickle-bed reactor; the liquid holdup
is particularly important when homogeneous side reac-
tions can also take place.

Moreover, both pressure drop and liquid holdup have
been used as correlating parameters for gas-liquid and
solid-liquid mass transfer coefficients (Reiss, 1967; Gia-
netto et al, 1973; Lemay et al., 1975; Specchia et al.,
1977) and for the radial effective thermal conductivity
in the bed (Hashimoto et al., 1976).

These reasons justify the great amount of research
work on these two topics. However, owing to the quite
complex behavior of the two-phase flow in a packed bed,
a reliable theoretical based model of this flow has not yet
been given, and several empirical or semiempirical cor-
relations have been proposed, so that doubts arise in
selecting one of them.

As observed before, the authors’ opinion is that it is
not possible to correlate pressure drop and liquid holdup
both in the low and high interaction regime with the
same type of correlating equation because the hydrody-
namic phenomena in the two regimes are quite different;
furthermore, a distinction between foaming and non-
foaming systems in the high interaction regime should
also be made.

In the authors’ experience, the x and y’ correlations of

pressure drop and liquid holdup are not reliable in the
low interaction regime, while they, together with the
Z correlations, may give good results for nonfoaming sys-
tems in the high interaction regime. For foaming systems
in the high interaction regime, too few data exist; the
correlations that can be used with more confidence for
this regime seem to be those proposed by Midoux et al.
(1976) [Equations (14) and (39)]. For the low inter-
action regime, evidence does not exist that foaming and
nonfoaming systems behave differently.

As a general suggestion, the most recent correlations
seem more reliable than the oldest ones, especially if
they consider experimental data from different sources.
Anyway, these correlations should be employed in the
range of physical properties of the phases, packing shape
and size, and phase flow rates in which they were tested.

As a conclusion, it must be stressed that more experi-
mental data of pressure drop and liquid holdup are
needed concerning highly viscous liquids and low den-
sity gases, as used in industrial operations (for instance,
hydrotreating of heavy oils). Furthermore, much work is
necessary for foaming systems, since, as already said,
the parameters affecting the foam formation are not yet
well known.
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HYDRODYNAMIC MODELS FOR GAS AND
LIQUID FLOW

General

Many mathematical models for the hydrodynamics of
the gas and liquid phases in trickle-bed reactors have
been proposed in the literature.

They are used to transform into mathematical equations
physical pictures of the gas and liquid flow in packed
beds and provide numerical parameters to characterize the
hydrodynamics of the flowing phases.

The models are usually verified on the basis of the resi-
dence times distribution function R.T.D.F. of the phases,
and their characteristic parameters are generally identi-
fied by means of the following methods:

1. R.T.D.F. moments, This technique has the advantage
of requiring only the solution of the differential equations
of the model in the Laplace or Fourier domain, but the
evaluation from the response curves of moments higher
than the second is very difficult, owing to the uncertainty
of the tails.

2. Numerical comparison of the experimental and theo-
retical R.T.D.F. curves in the time domain. The theoreti-
cal function which best fits the experimental data is ob-
tained by determining the values of the parameters which
give rise to the minimum mean-square deviation between
the experimental and the calculated values of the re-
sponse curves. This technique is more rigorous, but, if
there are more than two involved parameters, the optimi-
zation techniques require complex iterative computations
(Villermaux and Van Swaaij, 1969) and may give rise to
ambiguous solutions.

3. Graphical comparison of particular values of the
experimental and theoretical R.T.D.F. in the time domain.
For example, with an impulse disturbance, one parameter
can be identified by evaluation of the maximum of the
response curves (Buffham et al., 1970). With the step
decrease disturbance, the curve of the outlet tracer con-
centration vs. time in a semilog plot may be straight at
high time values. Its slope has been used for the definition
of one parameter (Bennet and Goodridge, 1970). These
graphical techniques are not very rigorous but generally
have the advantage of being quite immediate.

Some workers have reduced, with physical assumptions,
the number of the parameters to be identified.

For example, sometimes it was assumed that the liquid
holdup of dead zones was equal to the residual liquid
holdup (Van Swaaij et al,, 1969). In one case (Viller-
maux and Van Swaaij, 1969), the Peclet number has also
been evaluated on the basis of physical arguments. This
method is obviously not rigorous because it assumes the
identification of a parameter independently from the ex-
perimental data on the R.T.D.F. of the phases.

Gas-Phase Models

Few papers have examined the gas R.T.D.F. in trickle-
bed reactors, because in most cases the influence of
axial gas dispersion on reactor performance is not very
important. The gases most commonly used in trickle-bed
operations (oxygen and hydrogen), in fact, are poorly
soluble, and hence the mass transfer phenomena, if pres-
ent, are confined to the liquid phase. In addition, the
rate of consumption of the gaseous componment is very
low compared with its flow rate, and hence its concentra-
tion in the gas does not change significantly along the
reactor,

On the other hand, the gas flow rate cannot be com-
pletely disregarded because it may affect the liquid hy-
drodynamics and hence the mass transfer in the liquid.

Hochmann and Effron (1969) and Dunn et al. (1977)
have satistactorily interpreted the gas phase R.T.D.F.
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with the longitudinal dispersion model; the dispersion
coefficient was found to increase on increasing the liquid
and the gas flow rates.

Liquid-Phase Models

The models proposed for the interpretation of the
liquid R.T.D.F. can be classified on the basis of their
characteristic parameters.

Those discussed in this review are shown schematically
in Figure 2, One of the parameters, the total holdup, is
common to all the proposed models and can also be evalu-
ated by direct experimental methods (that is, by drainage
or weighing); for these reasons, many workers do not
include it in the total number of characteristic parame-
ters. But in a rigorous analysis, it must be defined from
the response curves of the system, and hence it must be
taken into account.

Two-parameter model. The piston dispersion (P.D.)
model makes use of total holdup and longitudinal dis-
persion coefficient. In trickle-bed reactors, this coefficient
is generally higher than in a full reactor and decreases
as the liquid flow rate increases.

Corre?ations of the longitudinal dispersion coefficient
determined with the P.D. model are available in the litera-
ture (Michell and Furzer, 1972b; Elenkov and Kolev,
1972).

Interpretation of the R.T.D.F. with this model is not
very satisfactory because the physical phenomenon of the
liquid trickling on the packing is too complex to be de-
scribed by the dispersion coefficient only. This was pointed
out by Charpentier et al. (1971), who observed that the
Peclet numbers given by the P.D. model were very scat-
téred. Michell and Furzer (1972b), too, noted that inter-
pretation of the response curves at high time values is
not satisfactory.

Three-parameter models. In the cross-flow or piston-
exchange (P.E.) model, the liquid is assumed to be di-
vided into two parts: one flowing in plug flow, the other
stagnant and in contact with the flowing liquid. The pa-
rameters are: total liquid holdup, dynamic or static liquid
holdup, and a mass transfer coefficient k,° between the
two zones. The mathematical expression consists of two
differential equations for the nonsteady mass balances in
the two zones. The workers that used this model deter-
mined the dynamic holdup by the time delay 74 between
the output and input signals e8sm = vrra/h, where h is
the reactor length and vy the liquid superficial velocity.
The mass transfer coefficient has been evaluated with the
moment method (Hochman and Effron, 1969; Hoogen-
doorn and Lips, 1965).

The probabilistic time delay model (Buffham et al.,
1970; Buffham and Gibilaro, 1970) supposes a main
piston flow, with lateral streams delayed at different points
along the column that cross liquid regions in plug flow
or perfectly mixed and then come back to the main flow,
The total liquid R.T.D.F. is determined by considering the
probability that a certain number of delayed events occurs
in the whole column, Thus, the parameters are total
holdup, dynamic liquid holdup, and the mean time for
these delayed events. If the lateral streams cross perfectly
mixed zones, that is, the time delays for each event are
exponentially distributed, this model coincides analytically
with the P.E. model, and the mean time delay of the
mixed zones 4m is connected with the mass transter coeffi-
cient k,* of the P.E. model by the relationship: rgm =
1/k,®.

In these three-parameter models, static holdup ( €Brm),
that is, the difference between the total and the dynamic

¢ The literature sources for the curves shown in figures 3, 4, and 5
are listed in Table 6.
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Fig. 2. Schematic drawing of the liquid phase hydrodynamic models.
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Fig. 3. Plot of 8ym/Br and ks*Dp/v. ds a function of Re. for P.E.
madel (for the sources of the lines, see Table 6).

holdup, was found to practically coincide with the residual
holdup (e¢g,) given by Charpentier’s correlation (Char-
pentier et al., 1968).

Bym/Br for the P.E. and the probabilistic time delay
model is, in fact, about one, and is independent of the
liquid flow rate (Figure 3).® Our experiments with a non-
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P.D.E. MODEL

Ree

Fig. 4. Plot of Bym/Br and ks*Dp/ve as a function of Re. for P.D.E.
model (for the sources of the lines, see Table 6).

negligible gas flow rate showed that B.m/8, decreases
as the gas flow rate increases.

Figure 3 also shows values of k,*D;/v. as a function of
Re, obtained by workers using the same input signals
(impulse disturbances) but different identification meth-
ods. ks®Dp/v, has been adopted by analogy with the mass
transfer phenomenon. In formal terms, it may be consid-
ered as a Stanton number.

Four-parameter models. The P.D.E. (piston-dispersion-
exchange) model is obtained from the P.E. model by
assuming a plug flow with longitudinal dispersion. The
mass transfer relationships between the flowing fluid and
the stagnant zones are similar to those in the P.E. model.
The liquid static holdup and k;* values given by this
model are obviously different from those determined with
the P.E. model because the P.D.E. model attributes the

10! { I T [ l‘ T 1/ﬂ

Fig. 5. Plot of Pe gs a function of Re. for P.D.E. model (for the
sources of the lines, see Table 6).
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trend of the response curves to both mass transfer with
the dead zones and longitudinal dispersion. The analytical
solution in the time domain of the P.D.E. model for a
closed-open system, as defined by Levenspiel (1962),
was given by Villermaux and Van Swaaij (1969) and
Popovic and Deckwer (1976) and for a closed-closed sys-
tem by Bennet and Goodridge (1970).

Bennett and Goodridge (1970) suggested that a step
decrease disturbance should be used to obtain the maxi-
mum amount of information, since it is thus possible to
evaluate outlet stream concentration even at very high
times (up to fourteenfold the mean residence time).

k*Dp/v, as a function of Re. evaluated with the
P.D.E. model is shown in Figure 4. All the data, except
those of Bennet and Goodridge (1970), were obtained
by using a pulse disturbance. As concerns the identifica-
tion, the data of Villermaux and Van Swaaij (1969) in
Figure 4 were obtained by fixing the value ot Pe a priori
and then determining the other parameters; these data
are thus not fully comparable with those of other work-
ers, Matsuura et al. (1976) and Friebe (1966) identi-
fied all the characteristic parameters by mean-square de-
viations, whereas Bennet and Goodridge (1970) used the
graphical identification method. The poor agreement in
Figure 4 is probably due to the differences in the proce-
dures adopted both for the experiments and for identifica-
tion of the parameters.

Brm/ B; values are shown in Figure 4. These ratios are
generally lower than those evaluated with the P.E. model.

In Figure 5, Pe numbers are plotted as a function of
Re..

The modified time delay model (Oorts and Hellinckx,
1974) supplements the original model of Buffham et al.
(1970) with a parameter to take into account nonperfect
mixing in the delayed lateral streams. The results seem
to be very good; the mean-square deviations between the
experimental and calculated values of the tracer concen-
trations in the response curves were lower than those
obtained by the P.D.E. model.

Unfortunately, its validity at very high response times
was not verified.

In the parallel mixed-cell model (Van Swaaij et al.,
1969), the trickle bed is simulated by a cascade of ele-
ments provided by two perfect mixers in parallel; the
liquid flow rate is distributed in the mixers according to
the ratio q/(1 — q), and their liquid volumes are as-
sumed as proportional to the dynamic and static liquid
holdup.

The four parameters are total holdup, static holdup, g,
and the number of elements in series (n). Since the static
holdup is taken by the authors as equal to the residual
holdup, the model becomes a three-parameter model. ¢
and n were evaluated by the moment method.

In the cascade of laminar films with partial mixing and
bypassing at the packing junctions (Michell and Furzer,
1972a), the parameters are total and dynamic liquid
holdup, the fraction g of the liquid flow mixed at every
junction, and the number n of elements in series. The
dynamic holdup was evaluated from the correlations pro-
posed in the literature. Since n was assumed equal to
h/Dy, the model became a two-parameter one and was
compared with the P.D. model. A relationship between q
and the Pe number of the P.D. model was also proposed.

Five-parameter model. 1t is a modified mixed-cell model
(Popovic and Deckwer, 1976).

This considers the liquid flowing through a series of
perfectly mixed cells in which mass exchange with stag-
nant zones is also taken into account. The parameters are
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total and static holdup mass exchange coefficient k,®, n,
and the backward flow rate. Popovic and Deckwer (1976)
have demonstrated that this model is practically equivalent
to the P.D.E. model.

Six-parameter model. A model proposed by Rao and
Varma (1976) considers a series of n equal elements, in
each of which the total liquid volume V; is divided into
three parts (see Figure 2): a zone characterized by plug
flow with longitudinal dispersion (V4), followed by a
mixed volume (V,,) which exchanges mass with the stag-
nant volume (V,). The six parameters of the model are
total (V; = Vi, + Vs + V4), dispersed (Vq) and static
(Vs) volumes, dispersion coefficient (or the Peclet num-
ber), the fraction of feed that exchanges between the
active and stagnant regions, and n. n was taken as equal
to the ratio of bed height to the particle size, and hence
the model became a five-parameter one. V4/V; and the
fraction of feed that exchanges between V., and V; were
found to be practically independent of the operative con-
ditions. The other three parameters were identified by the
mean-square deviations method.

The results of this model show about half of the total
liquid holdup flow as a dispersed stream, while the static
zones represent 5 to 14% of the total holdup.

Conclusions. At present, the following points need to
be stressed:

1. Comparison and selection of the best model would
only be possible if the same identification method were
used for all parameters with the same sets of experimen-
tal data. However, the definition of the best model is a
questionable matter. A suitable model, in fact, must not
contain too many characteristic parameters. It must also
give a good interpretation of the R.T.D.F., even at very
high response times. Furthermore, the parameters should
have the most realistic physical meaning. From a practical
point of view, models with more than four parameters are
not easy to use. A three-parameter model is probably suf-
ficient for most calculations.

2. The information obtained with these models should
be combined with the mass transfer and the chemical
reaction relationships to define a complete design model
for trickle-bed reactors.

Unfortunately, this association is difficult because hy-
drodynamic models for the liquid only give immediate
information on interactions between the zones of the
liquid but not on the liquid-solid contact, which is an-
other important step when a liquid/solid reaction is in-
volved. There is no doubt that the local liquid velocity
and the holdup have an important role in liquid-solid
contacting efficiency, but it is not easy to write reliable
relationships between these phenomena.

For these reasons, results on the R.T.D.F. of the liquid
in packed towers have so far been used to interpret ab-
sorption with chemical reaction in the liquid phase (Baldi
and Sicardi, 1975; Sicardi and Baldi, 1976) and to de-
velop pseudo homogeneous models of trickle-bed reactors,
as will be explained in the next section (Mears, 1971).

3. Relationships can be probably found between the
characteristic parameters of models based on a continuous
system and the parameters of models based on a discrete
number of elements in series. The relationships would help
in comparing the results on the liquid hydrodynamics ob-
tained by ditterent workers.

SOLID-LIQUID CONTACTING EFFECTIVENESS

Reactor Models
Several factors can affect the performance of trickle-
bed reactors: gas-liquid and liquid-solid mass transfer, heat
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transfer, axial dispersion, catalyst wetting, and effective-
ness.

It is thus apparent that complete models for the trickle-
bed reactors may be very complex. Such models have
been described as heterogeneous, since mass transfer be-
tween phases is considered (Hofmann, 1977b).

Some workers have proposed simplified heterogeneous
models that neglect the mass transfer resistance in the
gas phase and the axial dispersion and assume a total wet-
ting of the catalyst pellets (Sato et al.,, 1972; Specchia
et al,, 1976). On these assumptions, supposing a second-
order reaction between a reactant fed with the gas phase
(subscript 1) and another fed with the liquid phase (sub-
script 2), the following mass balance equations can be
written:

gas phase:

de
d;c + (kear)1(Hewe — ) =0 (44)

liquid phase:

V¢

de
UL 1 + (ksas)y(ciL — c1s)
dz

— (krap)1(Heie —cq1) =0 (45a)
dc
UL d:L + (ksas)y, (coL — c35) =0 (45Db)
solid phase:
(ksas) (o1 — €15) — (1 — e)kype1scas =0 (46a)
(ksas)2(02L b 023) —_ (1 - e)quCzsCls =0 (46b)

Some experimental results obtained with relatively slow
chemical reactions in laboratory trickle-bed reactors con-
firm the validity of the model based on Equations (44)
to(46b) (Sato et al,, 1972; Goto and Smith, 1975). Goto
and Smith also found that the axial dispersion in the liquid
phase was negligible, whereas the mass transfer rate was
not. The role of mass transfer in trickle-bed reactors: was
examined by Goto et al. (1976).

Specchia et al. (1976) gave a criterion to evaluate the
influence of mass transfer rate on the overall reaction rate
as a function of the Thiele modulus; from this it can be
seen that at low fluid flow rate, mass transfer phenomena
cannot be neglected for a Thiele modulus roughly greater
than 3.

For the evaluation of the mass transfer coefficients, some
correlations are available (Satterfield, 1975; Charpentier,
1976; Specchia et al., 1978).

Usually a much simpler model is employed for hydro-
treating reactions of gas oils, for which trickle-bed reac-
tors are widely used. This model (Satterfield, 1975)
which, according to Hofmann (19770), may be called a
pseudo homogeneous model since it takes into account
only the liquid phase, assumes plug flow of the liquid flow
rate; no mass transfer limitation; first-order irreversible
reaction, with respect to the liquid reactant; no reaction
heat effects; no homogeneous reaction; and total wetting
of the pellets.

The relationship between the inlet (c,) and the outlet
(¢f) concentration of the liquid reactant is given by

Co hkv (l - ‘)7)
Cy - UL

In (47)

By introducing the liquid hourly space velocity LHSV,
Equation (47) becomes
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TasLE 5. Ligumn SATURATION CORRELATIONS FOR Two-PuaseE CoNCURRENT DowNwarp FLow Iv Packep Beps

References

Larkins et al. (1961)

Turpin and Huntington (1967)

Sato et al. (1973)

Charpentier and Favier (1975)

Correlations and range of conditions

log 87 = 0.525 log x —0.109 (log x )2 —0.774 (28)
0.05 < x = (81./8¢g)05 < 30
9 mm Raschig rings, 9 mm stoneware spheres and 3 mm glass
spheres; nonfoaming systems for all hydrodynamic regimes
Bs = 0.132(L/G)%-2¢ — 0.017 (29)
1< (L/G)2# <8

7.5 to 8.1 mm tabular alumina; air-water for all hydrodynamic
regimes

eBte = 0.40(x)0-22 (g,*)1/3 (30)
01 <x<20
ay® = 6(1 — ¢)/D® (31)
. 4D, ]
D —Dp/ [1+m1—_3 (32)

2.6 to 24.3 mm glass spheres; air-water for all hydrodynamic

regimes

log Bt = 0.168 log x* —0.043 (log x')2 —0.363 {33)
0.05 < x’ < 100

for cylindrical packings (1.8 x 6 and 1.4 X 5 mm catalyst

cylinders); foaming and nonfoaming systems for all hydrody-
namic regimes

log Bze = 0.175 log x’ —0.047 (log x’)2 —0.280 (34)
0.05 < x’ < 100

for spherical packings (3 mm glass and catalyst spheres); foam-
ing and nonfoaming systems for all hydrodynamic regimes

Clements (1976)

e = 0.111 (WegReg/Rey, ) —0-15 (35)

1, 1.9, and 3.4 mm extrudate; nonfoaming systems for the high
interaction regime

ef; = 0.245 (WegReg/Rer ) —0-034 (36)

o S . 3600 k(1 — &)n
e LHSV

However, neither the heterogeneous nor the pseudo
homogeneous model takes into account catalyst wetting or,
more generally, the liquid-solid contacting effectiveness.
Poor liquid-solid contacting can, in fact, arise from partial
wetting of the pellets and uneven trickling of the liquid
over the packing. This may be due to faulty design of
the liquid distributor but, more generally, to a local un-
even flow of the liquid trickling in the packed bed. Char-
pentier et al. (1968) noted that in an absorption tower
the liquid flows in rivulets, films, and drops. There also
exist semistagnant liquid pockets with a very low liquid
renewal. This hydrodynamic feature results in different
values for the local solid-liquid mass transfer, so that re-
actant concentrations at the solid-liquid interface may have
very different values along the surface of a pellet. In the
presence of negligible heat effects and a nonvolatile liquid
reactant, even if the particles are totally wetted, this hy-
drodynamic behavior may give rise to poor utilization
of the catalyst. If the previous models are used to examine
a reaction in a trickle-bed reactor, this would lead to a
underestimation of the kinetic rate constant.

In the case of the pseudohomogeneous model, Equation
(48) must be rewritten as follows:

(48)
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(Continued on opposite page)

n = 3600 kypp(1 — €)9 (49)
¢t LHSV

Satterfield (1975) defined the solid-liquid contacting
effectiveness as kypp/ky.

For hydrotreating reactions of gas oils in pilot reactors,
it was generally found that kyp, determined with Equation
(49) increased on increasing the liquid flow rate (Ross,
1965; Henry and Gilbert, 1973; Montagna and Shah,
1975a; Paraskos et al., 1975). Bondi (1971) also found a
positive effect of the gas flow rate. Koros (1976) has com-
pared the values of the reaction rate constant for the
catalytic decomposition of HyO, on charcoal, determined
in a trickle-bed reactor and in a slurry reactor (in which
perfect liquid-solid contacting is generally assumed). The
ratio between these values, which, according to Koros,
represents the degree of catalyst utilization in the trickle-
bed reactor, was always less than 1 and increased with
the liquid flow rate. A good catalyst utilization (=~ 90%)
was attained for a liquid superficial velocity greater than
4-1073m/s.

All these workers attribute the variation of ka,, with
the liquid flow rate to the solid-liquid contacting effective-
ness, which intuitively increases as vy increases.

Mears (1971), on the contrary, ascribed this fact to
axial dispersion.
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(TaBLE 5. CONTINUED )

1, 1.9, and 3.4 mm extrudate; foaming systems for the high
interaction regime

Weg = vg? pgDp/or, (37)
0.66 (x )08t

Midoux et al, (1976) Bte

= 14 0.66 (x )08t

(38)

01<x<80

3 mm glass and catalyst spheres, 1.8 X 6 and 1.4 X 5 catalyst
cylinders; nonfoaming systems for all hydrodynamic regimes
and foaming systems for the low interaction regime

0.92( x’)030

Bte =

1 + 0.92(’)030

(39)

0.05 < x' < 100

3 mm glass and catalyst spheres, 1.4 X 5 mm catalyst cylin-
ders; foaming systems for the high interaction regime

Specchia and Baldi (1977)

Bs = 3.86(Rer )9-545 (Gar*)—042 (

awD, 965
i ) (40)
e

Gar® = Dg® pr{prg + 8rc)/pr? (41)
3 < Rep, < 470
6 mm glass spheres, 54 X 5.4 and 2.7 X 2.7 mm glass cyl-

inders, 6.4, 10.3, and 22 mm Raschig rings; foaming and non-
foaming systems for the low interaction regime

By = 0.125(Z/y1-1)—0:312 (

0.85
%Ps ) (42)

1< Z/y11 < 500

6 mm glass spheres, 5.4 X 5.4 and 2.7 X 2.7 mm glass cyl-
inders, 6.4, 10.3, and 22 mm Raschig rings; nonfoaming sys-
tems for the high interaction regime

By = 0.0816(Z/y1.1)—0.172 (

(43)

avD, )o.es

0.6 < Z/y11 < 80

3 and 6 mm glass spheres, 5.4 X 5.4 and 2.7 X 2.7 mm glass
cylinders, 3.2 X-3.2 and 1.4 X 5 mm catalyst cylinders; foam-
ing systems for the high interaction regime

(Continued from opposite page)

By contrast with these results, reaction rate constants
in trickle-bed reactors greater than those in slurry reactors
were measured in the presence of exothermic and fast re-
actions (hydrogenation of benzene, crotonaldehyde, a-
methylstyrene). This was ascribed to the existence of dry
zones of the catalyst, due to the reaction heat, giving rise
to vaporization of liquid in the less effectively wetted
zones, The enhancement of the reaction rate was explained
as due either to gas-phase reaction in the dry zones of the
catalyst faster than the liquid-phase reaction (Sedriks and
Kenney, 1973; Satterfield and Ozel, 1973) or to better
utilization of the catalyst volume due to diffusion into the

pellets of the gas reactant through the dry pores faster
than through the liquid filled pores (Germain et al,, 1974),

Poor solid-liquid contacting can also give rise to hot
spots in the reactor (Germain et al., 1974).

These conflicting data mean that solid-liquid contacting
effectiveness plays a complex role, according to the re-
action type, which must be considered in the design of
trickle-bed reactors.

Scale-Up Criteria
Some scale-up criteria have been proposed to take
into account variations of reactor performance with the

TasBLE 6, LrTeRATURE DaTA FOR P.E. AND P.D.E. MopELs PLOTTED IN FIGURES 3, 4, AND 5

References Line Packing Gas-liquid system Model
Hoogendoorn and Lips (1965) A 12.5 mm Raschig rings Air-water P.E.
Buffham et al. (1970) B 3.1 mm Raschig rings Air-water PE.
Hochman and Effron (1969) C 4.7 mm beads Nitrogen-methanol P.E.
Villermaux and Van Swaaij {1969) Dy 6.4 mm Raschig rings Air-water P.D.E.

D 10.3 mm Raschig rings Air-water P.DE.
Ds 22 mm Raschig rings Air-water P.D.E.
Bennet and Goodridge (1970) E; 6 mm Raschig rings Air-water P.D.E.
Eq 9.4 mm Raschig rings Air-water P.D.E.
Matsuura et al. (1976) Fi 1.2 mm beads Air-water P.D.E.
F 4,3 mm beads Air-water PD.E.
Friebe (1966) G 6 X 10 mm cylinders Air-water P.D.E.
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liquid flow rate. These criteria were developed on the
basis of the pseudo homogeneous model described by
Equation (49).

Mears (1971) considered the variation of k,p, with the
liquid flow rate as due to axial dispersion; he also gave a
conservative criterion for the design of a reactor with a
negligible axial dispersion effect, For small deviations from
plug flow and for a first-order reaction, one can express
the relationship between outlet and inlet concentrations as
(Whener and Wilhelm, 1957)

1y G . 3800k(1— c)n
¢ LHSV
36002k2(1 — &)%2 D,
(LHSV)? h P&

Paraskos et al. (1975) and Montagna and Shah (1975a)
expressed Pe’, according to Hochman and Effron (1969),
as

(50)

Pe’ « (LHSV)® he (1)

with 1 > a = 0.5. By combining Equations (50) and
(51), we obtain

lnfi— 3600 ky(1 — €)n
s LHSV
_ B0k = el Dy
(LHSV)2+2 hita

Equation (52) has been applied to interpret the results of
several hydrotreating reactions of various gas oils (Paraskos
et al,, 1975; Montagna and Shah, 1975a). It gave a poor
fit with the experimental data.

Henry and Gilbert (1973) proposed another scale-up
criterion, based on the liquid holdup. For catalytic hydro-
desulfurization and hydrodenitrogenation of gas oils, they
defined a reaction rate per unit volume of the liquid held
in the reactor, as for an homogeneous reaction, and wrote

Kapp < ko € Bre (53)

For the total external holdup they adopted the rela-
tionship proposed by Satterfield et al. (1969) for the
holdup of liquid trickling on a string of spheres:
vz pL Dy ]1/3 [ Dy g pi? ]—1/3 54)

AL 2

€ Bre < [

AL
From Equations (49), (53), and (54), it follows that
S ko(1 — €)n
c;  (LHSV)3
Mears (1974), on the other hand, considered

Ay
Gy

e -2 £)7 (s3)

(56)

kapp « ky

where a,/a, is the fraction of the external pellets area
that is effectively wetted. According to the correlation of
ay, proposed by Puranik and Vogelpohl (1974) for packed
absorption towers, Mears obtained

e o Bl =) (h)032(D,)018 (ﬁ )m ( L )—0'05
Cy (LHSV)W 8 o PL

(57)

The approach used by Mears is more acceptable from a

physical point of view than that of Henry and Gilbert

(1973), since it considers the reaction rate is propor-
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tional to the wetted area of the catalyst, instead of to the
liquid volume. However, it can be observed that the
validity of the Puranik and Vogelpohl correlation has not
been verified for beds of catalyst pellets.

Moreover, the catalytic reaction rate actually depends
on the internal wetted area of the catalyst; the validity of
Equation (56) is then limited to the case of a very fast
reaction, when only a thin superficial layer of the catalyst
pellets is effective.

In any case, for a given catalyst and given physical
properties of the liquid phase, Equations (55) and (57)
both lead to

[
n E‘.’. (-4 __._(_’1)___ (58)
¢ (LHSV)i-o
with a w value very close to 0.33.

A test of the validity of these scale-up criteria was run
by Paraskos et al. (1975) and Montagna and Shah
(1975a) with hydroprocessing reactions of gas oils.
They found that the conversion in laboratory trickle-bed
reactors could well be expressed by an equation like Equa-
tion (58), but the w values they determined with the
same liquid phase changed with the type of reaction con-
sidered.

While Equation (49) suggests, for a given conversion
degree and a given catalyst size, a scale-up criterion
based on constant h/v;, Equation (58) suggests to main-
tain constant (h/vp)vr®, where v ® should take account
of the following phenomena:mass transfer, heat transfer,
and catalyst effective wetting, not considered, or only par-
tially considered, in the proposed criteria. However, the
significance of these phenomena on the over-all reaction
rate is strictly connected with the chemical reaction rate;
this may be the reason of the variation of & with the
type of reaction found by Paraskos et al. (1975) and
Montagna and Shah (19753a).

Effective Catalyst Wetting

In absorption packed towers, partial wetting of the
packing has been observed (Shulman et al.,, 1955). A cor-
relation for the effective wetted area for absorption pack-
ings has also been proposed (Puranik and Vogelpohl,
1974).

Very few data exist for the catalyst pellets in a trickle-
bed reactor. Moreover, two kinds of wetting must be de-
fined for porous catalysts.

1. Internal wetting, that is, the amount of internal
area wetted by the uquid. It is a measure of the active
area available for the liquid reactants, and hence of the
maximum utilization of the catalyst volume, when in-
ternal mass transfer limitations are negligible. The active
available area is connected with the pore filling, that is,
the volume of liquid filling the catalyst pores divided by
the total pore volume,

2. External effective wetting, that is, the amount of ex-
ternal area that is wetted by the flowing liquid. Although
reaction occurs mainly on the internal area, a partial
wetted external area may affect the reaction rate because
of limitations to the supply rate of liquid reactants to the
solid external surface, and of variations of the internal
diffusion rate of these reactants. In a pellet completely en-
veloped by moving liquid, the maximum path of the
molecules in the pores is of the order of the pellet radius;
when the external area is only partially wetted, the maxi-
mum internal path increases, and the diffusion rate de-
creases. As a consequence, the catalyst effectiveness factor
would change with the extent of the external wetting,
This concept was recently developed by Colombo et al.
(1976) and is the basis of 2 model proposed by Dudukovic
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(1977). He assumes the catalyst effectiveness factor in
a trickle-bed reactor g expressed as follows:

nre =7 ' 7° (59)

Here 7; is the ratio between the wetted pellet volume
Ve and the total pellet volume V,, (pore filling), and 4*
is the effectiveness factor of a pellet totally wetted (inside
and outside) with the diameter proportional to Ves/Sess,
where Sesr is the external wetted area of the pellet. For
completely wetted pellets of irregular shape, Aris (1957)
suggested the following expression for the effectiveness
factor:

tanh ¢

(60)

where the Thiele modulus ¢, for a first-order reaction, is

given by
_ Vp kv
P25 Vo (61

By analogy, for a pellet partially wetted, a Thiele modulus
¢rp can be defined as

B =~ : (62)

1):

ncE = (63)

where S, is the total external area of a pellet, ¢r5 can be
expressed as

"

¢rB = ¢ (64)
nCE
and hence
tanh ( 1: ¢ >
7* = f¢rs) = ——— (65)
N
¢
NCE

Equations (62) and (65) can be written only on the
assumption of symmetric concentration profiles within
the partially wetted particles, which seems unrealistic.

From Equation (65), Equation (59) becomes

tanh( ki qS)
1CE
1TB = 71CE B e— (66)

When ¢ is very high (very fast reaction), one obtains

NCE

¢

This equation is similar to that used by Mears (1974)
for his effective wetting scale-up criterion. For very low
values of ¢, it is obviously

1T & =ncE ' M (67)

B = B (68)

In this model, which is not yet supported by experi-
mental results, the two wetting parameters have been
introduced: »; and qeg.

Pore filling n; was measured with a tracer method by
Colombo et al. (1976) in a trickle-bed reactor packed
with 4-1072% and 1-1073 m porous carbon particles.
They determined the total liquid holdup, inside and out-
side the particles, at various liquid flow rates; separately,
they measured the external holdup by liquid drainage in
the same bed. By comparison between these values, they

AIChE Journal (Vol. 24, No. 6)

concluded that pore filling was practically total (n; ~ 1),
even at the lowest liquid superficial velocity (5104
m/s). n; values of about 0.80 were determined by Schies-
ser and Lapidus (1961). But these workers determined
the external holdup and the external plus the internal
holdup in different beds. Furthermore, their data, ob-

_tained with a tracer method, probably suffer a lack of ac-

curacy in the response curve tails, as shown by the differ-
ent 7; values determined with different inlet disturbances
of the tracer concentrations. This was also demonstrated
by Rothfeld and Ralph (1963).

Schwartz et al. (1976) found = 0.92; the external
holdup was again determined in a different bed of non-
porous particles.

From these data, it appears that =; can be considered
reasonably close to 1, owing to capillary phenomena, if the
following conditions do not occur: poor macroscopic liquid
distribution, so that large zones of the bed are not irrigated
by the liquid; and highly exothermic reaction, which may
give rise to some evaporation of liquid in the pores near
the zones of poor external wetting,

With regard to external wetting, Schwartz et al. (1976)
tried to measure 5cg by using nonporous particles covered
with a thin layer of porous material, and a tracer which
could be adsorbed by this layer. They obtained the sur-
prising result nce = 0.7, independent of the liquid flow
rate,

It might be noted to this regard, that the pulse-response
method was used for evaluating the wetting efliciency;
with this technique, it is difficult to avoid errors when,
as in this case, there are extensive tails in the response
curve.

Specchia et al. (1978) determined ncg by a chemical
method: dissolution of pellets of phthalic anhydride into a
reacting buffer solution. They found an increase of nce
as the liquid and the concurrent gas flow rate increased.
nce values equal to 1 were obtained at high liquid and gas
flow rates. At vy, > 6 - 1072 m/s, without gas flow rate,
values greater than 0.8 were determined.

It may be observed that the interphase area determined
with the chemical methods is highly dependent on the
hydrodynamic model adopted (Baldi and Sicardi, 1975).
The ncg values determined by Specchia et al. (1978)
are probably lower than the fraction of the external pack-
ing area actually wetted, especially at low liquid flow
rates, when a significant part of the liquid holdup is al-
most stagnant and hence poorly effective in the solid-
liquid mass transfer.

But a question arises about the meaning of ncp. Is it
the effective or the actual wetted fraction? If the former
is valid, what is the meaning of effective, and what is
the method for determining it?

Colombo et al. (1976) proposed another approach to
the problem; they expressed the solid-liquid contacting
effectiveness by the ratio between the apparent diffusivity
{D;)app of a tracer in a porous particle, determined in
a trickle-bed reactor by assuming total wetting of the
packing, and the intraparticle diffusivity D;, determined
in a full reactor. This ratio was found to increase as the
liquid flow rate and the tracer molecular diffusivity in-
creased, and the particle size decreased. At v, > 5 - 10-8
m/s, (D;)app/D; was 1 for the highest diffusivity tracer
(potassium chloride) and greater than 0.8 for the lowest
diffusivity tracer (zinc sulfate).

The actual reaction rate in a trickle-bed reactor may
be calculated from this diffusivity ratio. For a first-order
reaction, assuming no influence of the gas-liquid and
liquid-solid mass transfer, it can be written as (Colombo
et al,, 1976)
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= 2B (69)

where nyp can be calculated from the Thiele modulus
¢ defined through (D;)app

D
b= \/ T D) (70)

Values of kapp/k, calculated with Equations (69) and
(70) using the experimental values of (D;)app/D; were
found to agree closely with those considered usual by
Satterfield (1975) on the basis of experimental values,

Unfortunately, the usefulness of the (D;)ap, model
for scale-up is limited by the fact that this diffusivity was
also found to depend, for a given catalyst, on the molec-
ular diffusivity of the diffusing component and not only
on the hydrodynamics.

A complete answer to the solid-liquid contacting effec-
tiveness will probably be given when the complex hydro-
dynamics of the liquid trickling in a packed bed is better
known.,

At the present state of the art, it may be suggested to
adopt high enough liquid superficial velocities in order
to avoid significant effects of poor liquid-solid contacting
(poor catalyst utilization, hot spots, unstable reactor per-
formance). A good wetting seems to be attained at vy, >
6 - 10~3m/s.

NOTATION
A

empirical constant defined in Equation (24)

A’ = empirical constant defined in Equation (286)

a, = packing geometrical area per unit column volume,
m—1

a,* = packing geometrical area defined in Equation
(31),m~!

a, = effectively wetted area of the packing, m™!

B = empirical constant defined in Equation (24)

Bn = pig/a,? o1, Bond number, dimensionless

c = concentration, kmole m~3

¢g, €L, cs = concentration in gas phase, liquid phase, and
solid-liquid intertace, respectively v, kmole m—3
D* = modified particle diameter, defined in Equation

(32),m

D. = column diameter, m

D, = equivalent diameter of the packing channels, de-
fined in Equation (9), m

D; = longitudinal dispersion, m?s~!

D; = internal diffusivity in a totally wetted pellet,
m2s—!

(Ds)app = internal diffusivity in the presence of partial

wetting, m? s—?

= nominal packing diameter, m

D,* = diameter of a sphere with the same outer surface
area of a packing particle, m

D,, = diameter of a sphere having the same volume of
the packing particle, m

Dy = radial liquid spread factor, m

d = exponent in Equation (26)

E§ = prg Dp?/ oy Eotvos number, dimensionless

fuc = two-phase friction factor defined in Equation (8),
dimensionless

fo = liquid wall factor, dimensionless

G = gas phase superficial mass velocity, kg m=2s~1

Gar, = Dy pr2g/us? Galileo number, dimensionless

Gar® = D8 pr. (prLg + 81c)/p? modified Galileo number,
dimensionless

g = acceleration of gravity, ms—2

H = Henry's constant, dimensionless
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(AH/Az)Lg, (AH/Az)1, (AH/AZ)¢ = two-phase, liquid-
phase, and gas-phase head loss per unit length
of packing, dimensionless

h = bedlength,m

ky = coefficient defined in Equation (19), m~2

ky = coefficient defined in Equation (19), m~!

kapp = apparent kinetic rate constant, s~1

k, = kinetic rate constant for second-order reaction,
m? kmole—*s—?

ks® = mass transfer coefficient between static and dy-
namic zones, 51

k, = kinetic rate constant for a first-order reaction, s—1

kpay, = volumetric gas-liquid mass transfer coefficient in
the liquid phase, s~!

ksas = volumetric liquid-solid mass transfer coefficient,
§—1

L = liquid phase superficial mass velocity, kg m~2 s~1

LHSV = liquid hourly space velocity, h=1
N = number of packing particles per unit empty vol-

ume, m™3

n = number of elements in series, dimensionless

Pe = v.D,/D, = Peclet number based on the pellet
size, dimensionless

P¢ = v.D,/D, = Peclet number based on the pellet
size, dimensionless

q = fraction of liquid flowing in the mixed element,

dimensionless
Re, = vepLDy/py = effective Reynolds number of the
liquid phase, dimensionless
vepeDp/pc = Reynolds number of the gas phase,
dimensionless
vrpLDp/p, = Reynolds number of the liquid
phase, dimensionless
radial coordinate, m
particle external area, m?
effectively wetted external area of a pellet, m?
fraction of liquid flow rate in the radial direction,
dimensionless
Ver = wetted particle volume, m?
Vm, Va, Vs = volumes of mixed, dispersed, and stagnant
zones, respectively, m®

&
Q
I

5
e
Il

-
i

V, = particle volume, m®

tg, v = gas phase and liquid phase superficial velocity,
ms~!

v, o1/ eBsm = effective liquid velocity, m s~?

Il

Weg = ve¢?Dppe/oL = gas-phase Weber number, dimen-
sionless

Z = parameter defined in Equation (9), dimensionless

z = axial coordinate, m

Greek Letters

B¢ = free draining or operating saturation obtained
from drainage, dimensionless

Bsm = free draining or operating saturation determined
from a model, dimensionless

Br = residual saturation, dimensionless

Bsm = static saturation determined from a model, di-
mensionless

B: = total (internal plus external) saturation, dimen-
sionless

Bie = total external saturation, dimensionless

8L, 81, 8¢ = two-phase, liquid-phase, and gas-phase fric-
tional pressure drop, kg m~2s~2

pressure drop of the gas flowing through a wet-
ted packing, kg m—2 s~2

bed void fraction, dimensionless

catalyst effectiveness factor for a pellet totally
wetted, dimensionless

defined by Equation (22), dimensionless

8w

€

e
I
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nce = fraction of the external area of the pellet effec-
tively wetted, dimensionless

w = pore filling, dimensionless
nrs = effectiveness factor for a pellet partially wetted,
dimensionless

by = [(pc/pair) (PL/ pwater) 195 = parameter defined
by Charpentier and Favier (1975), dimensionless

ke, pr = gas and liquid phase viscosity, kg m~! s~!

Bwater = Viscosity of water, kgm—1s~1

£L6, £1, £o = parameters detfined in Equations (16), (17),
and (18) respectively, dimensionless

pair = air density, kg m~—3

pe = density of the manometric liquid (generally
water}, kgm~2

e, pL = gas- and liquid-phase density, kg m—3

Pwater = density of water, kg m~3

oe = critical surface tension, kg s—2

oy = liquid-phase surface tension, kg s~2
awater = Surface tension of water, kg s—2
74 = mean time delay, s

7¢m = mean time delay of the delayed events, s

¢ = V,/S,Vk,/D; = Thiele modulus for a totally wet-
ted pellet, dimensionless

ér8 = Veit/Setr Vko/D; = Thiele modulus for a pellet
partially wetted, dimensionless

x = parameter defined in Equation (6), dimensionless

x = parameter defined in Equation (15), dimension-
less

¢ = parameter defined in Equation (21), dimension-
less
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